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ABSTRACT: The increasing academic and industrial interest in flow chemistry resulted in the development of various micro- and
milliflow reactors for a wide range of reactions. Owing to this variety in flow reactors, it is vital to select the correct type
benefitting the considered chemical reaction. This decision can be based on two fundamental reactor characterization techniques,
namely the residence time distribution (RTD) and the Villermaux-Dushman protocol. The first technique highlights deviations from
ideal plug flow, while the latter is a reaction based characterization technique to quantify the efficiency of micromixing. This paper
compares the performance of classical tube reactors with internal diameters ranging from 0.4 to 4.8 mm and commercial chip
reactors from Little Things Factory and Chemtrix (KiloFlow® and Labtrix®). The reactors characterization and serves as an aid for
reaction selection dependent on the kinetics of the studied reaction. The suitability of a reactor for very fast reactions (reaction half-

life < 1 s) or fast reactions (reaction time 1 s to 10 min) is discussed.

INTRODUCTION

The advantages of flow reactors are well known and include
improved heat transfer, mixing, accessibility of novel process
conditions (extreme pressures and temperatures) and safer
operation.l’2 The increased interest in flow reactors has
spawned a wide range of micro and milli-flow devices.™*
Micro and milli-flow reactors are characterized by channel
dimensions below 1 mm and around a few millimeters
respec‘[ively.z’S’6 Choosing the optimum reactor to execute a
desired reaction requires matching its characteristics to the
reaction kinetics. Mass and heat transfer properties are the
most important parameters in the reactor performance. This
study focusses on the characterization of mass transfer,
through micromixing and axial dispersion. Dispersion is
caused by fluctuations in the velocity profile of the fluid
passing through the reactor channel due to molecular and
turbulent diffusion.” It indicates the displacement of material
in the direction of the flow and results in fluid elements
exiting the reactor at different residence times. This
distribution of residence time influences the conversion of
each fluid element and in turn the final conversion at the
reactor exit. The second characteristic, micromixing, is
defined as mixing on molecular scale.® It is considered fast
when the mixing time (t,,) is shorter than the reaction time (t;).
When t, < t,, , mixing is slow, which results in concentration
gradients, lowered reactor performance and increased by-
product formation.® The importance of each of these
characteristics for the reactor depends on the type of reaction,
which can be classified based on the kinetics of the reaction.’
Type A reactions include very fast reactions, with a reaction
half-life less than 1 s. They benefit from fast initial mixing.8
Type B reactions are fast with reaction times between 1 s and

10 min, which makes them kinetically controlled in reactors
with high micromixing efficiencies. Type C reactions are slow
with reaction rates larger than 10 min. This last category is
less suited for flow, unless increased safety and product
quality can (only) be obtained in flow.’

Determination of these characteristics was done theoretically
by Nagy et al.’®, who proposed simple relationships of
dimensionless numbers to determine whether dispersion or
micromixing are important factors for performing a reaction in
a given basic tubular or rectangular reactor channel. The effect
of dispersion is studied through the Bodenstein number, Bo,
calculated by:
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Whereby u is the linear flow rate, L is the channel length and
D,y is the axial dispersion coefficient. Dispersion is considered
low when Bo > 100, and ideal plug flow is obtained for Bo >
1000."° Micromixing is studied through the Damkohler
number, Da, which expresses the ratio of the rate of reaction to
the rate of diffusion. If Da is larger than 1 (rate of reaction >
rate of diffusion) the reactor delivers insufficient mixing.
Nagy et al." present charts that show the Da and Bo for
circular and square reactor channels under certain conditions.
They also used a glycosylation reaction as a case study to
show that the calculation of these two dimensionless numbers
gives a good prediction of micromixing and dispersion effects
on reactor performance.10 This method may be good for
predicting the importance of mixing or dispersion. To affirm
these predictions and get a true insight into mixing and flow
behavior in a reactor setup, experimental characterization is
needed. This is especially true for reactor performance



comparison. Equations derived for simple geometries are not
directly applicable for complex reactors.

The characterization of dispersion and micromixing is
performed using two commonly used techniques, the residence
time distribution (RTD) and the Villermaux-Dushman
reaction, respectively. RTD is more generally known for
characterization of macromixing, or bulk mixing, and is used
to study deviations from ideal plug flow.”"" Measurement of
the RTD is done through a stimulus-response experiment by
monitoring the change in concentration of a non-reactive
tracer as it passes though the reactor.”'! Boskovié et al."* used
RTD measurement to compare the performance of
microfluidic mixers. Lueth e al."” used RTD measurement to
assess the effect of static mixers in a tubular reactor for
continuous emulsion polymerization. Schwolow et al" used
experimental RTD measurements combined with kinetic
studies to accurately predict scale-up effects for a exothermic
Michael addition. Micromixing efficiency can be determined
through several different chemical reaction systems, of which
an overview can be found in the paper of Aubin et al.”®. One
of the reaction-based characterization methods is the
Villermaux-Dushman method, which is the most commonly
used method for reactor performance (zomparison.z’m’l&21 The
protocol was originally developed by Fournier et al.?, for the
characterization of industrial batch reactors. Several
adaptations for the investigation of continuous micromixing
reactors have since been presented.m’17 The method is based
on two parallel competing reactions that result in the
formation of an analytically detectable compound. The amount
produced is a measure for the mixing quality. Comparison of
the mixing performance of flow reactors is based on the
measured absorbance (UV-VIS spec‘[rophotometry)l7719~23 of
this compound or calculated the segregation index, (XS)20 as a
comparative parameter. This index is calculated from the
absorbance of the mixing sensitive compound, together with
the starting concentrations of the reagents. This makes the
segregation indices strongly dependent on the reaction
conditions used in the Villermaux-Dushman characterization.
Several authors'®*'**** have discussed the need to adjust the
concentration sets to characterize individual reactors. Panic et
al."’, concluded that when comparing micromixing devices the
acid and buffer concentration should stay the same for direct
reactor comparison, but that acid concentrations can be varied
to increase sensitivity. Because of the differences in
concentrations sets used by different authors, direct
comparison between these reactors based on the segregation
index is impossible.26 This problem is overcome by converting
the segregation index to the concentration-independent
micromixing time, using a mixing model. In this study, the
incorporation model, developed by Fournier et al?, is used as
it is a flexible model for turbulent™ and laminar flow”.

The aim of this article is to characterize simple tubular
reactors and complex commercially available reactor designs
for performance comparison and indicate for which cases
(reaction type A or B) a tubular reactor can serve as a cheaper
alternative. This is done on two levels of mixing.
Macromixing is studied through RTD measurements and
micromixing through the Villermaux-Dushman protocol.
Reactor selection based on reactor characterization and
reaction type is discussed. To the authors knowledge this is the
first publication that presents the characterization of Chemtrix

and LTF reactors based on RTD and the Villermaux-Dushman
protocol.

EXPERIMENTAL PROCEDURES

Continuous reactors

The commercial glass chip reactors and coiled tube reactors
used during characterization are shown in Table 1, together
with the reaction volumes. Chip reactors are obtained from
Chemtrix BV (KiloFlow® and Labtrix®) (Geleen, The
Netherlands) and Little Things Factory (Ilmenau, Germany)
(LTF XXL-S-02, LTF XXL-ST-01, LTF micro-emulsifier).
Coiled tube reactors consisted of PVC, ETFE or PMMA
tubing with internal diameters of 0.4, 0.7, 1.6, 2.4, and 4.8 mm
and were purchased from Reichelt Chemietechnik GmbH +
Co. (Heidelberg, Germany). The 0.4 and 0.7 mm diameter
tubes were fitted with a T-mixer, while the other tubular
reactors were fitted with a Y-mixer for corresponding tube
diameters (Reichelt Chemietechnik GmbH + Co., Heidelberg,
Germany). The reactors with an inside diameter of 0.7, 1.6 and
2.4 mm, have a coil diameter of 12 cm. The 0.4 mm ID tube
reactor is tested with a coil diameter of 7 cm and 60 cm. The
1.6 mm ID tube reactor was also tested in a uncoiled setup.

The largest tubular reactor (diameter 4.8 mm) is tested with
and without Kenics® helical design static mixer (Cole-Parmer,
Metrohm Belgium n.v., Antwerp, Belgium) which has a split
and recombine effect on the fluid. The internal volume of
these tube reactors is experimentally determined by the
gravimetric water content at 22 °C (density of water = 0.9978
g/ml).



Table 1: Overview of characterized reactor setups and internal volumes.
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Labtrix® 3224 (15 pl)

Supplier Reactors
LTF
Chemtrix
KiloFlow® (one mixing plate 6.5 ml, total .
reaction volume 24.82 ml) Labtrix® 3223 (10 pl)
Tubular
reactors

Diameter range 0.4, 0.7, 1.6, 2.4, 4.8 mm (respectively 1.5, 3.5, 9.0, 9.0, 9.0 ml)

Kenics® static mixer (7.8 ml)

Labtrix® 3227 (19.5 pl)




Residence time distribution (RTD)

Reagents for RTD measurement

The non-reactive tracer, KCI (Merk, Darmstadt, Germany) is
used at a concentration of 0.01 M to avoid changes to the
physical properties of the fluid. A stock solution of 0.1 M KCl
in ultrapure water is diluted with ultrapure water to 0.01 M
before each experiment.

Determination of RTD

A negative step experiment is implemented to determine the
RTD curves of the tubular reactors, the LTF reactor and the
Chemtrix KiloFlow®. The Labtrix® reactors were not
characterized by RTD measurements. The negative step input
is generated by switching the 0.01 M KCI tracer feed to
ultrapure water with the aid of a HPLC 6-way valve. The
conductivity of the exit stream is monitored over time using a
Model 3082-S-CE digital conductivity meter equipped with
micro flow cell 829-CE (Amber Science Inc., Oregon, US).
The channel of the flow cell has an internal diameter of 1 mm
and has a volume of 166 pl. Measurements are registered
every 400 ms. The applied concentration step (0.01 M to 0 M
KCI) corresponds to a step in conductance from ~ 120 uS to
0.055 puS, where the measured conductivity is proportional to
the concentration of the tracer. One minus the relative
conductance (ratio of conductance to maximum conductance)
value is plotted versus time, to correct for the negative step,
yielding the cumulative age distribution curve, F(t). The RTD
curve, E(t), is then obtained by numerical differentiation of the
F(t) curve:

dF(t)
o (1)

E(t) =
The normalized E-curve called Eg is determined as follows:

Eg = E(t). tres 2

Where t,. is the mean residence time calculated as
tres = i tE(D)dt = X320 tE ()AL 3)

In addition to the mean residence time, two more parameters
quantifying the degree of mixing are calculated: the variance,
o equation (4), which is a measure of the spread, and the
covariance, CoV, equation (5), representing the relative
standard deviation.

02 = [7(t = tyes)2E(®)dt = T20(t — tres)E ()AL
(4)

cov = = 5
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These two moments will indicate magnitude of the deviation
from ideal plug flow. The RTD of ideal plug flow is

characterized by a symmetric residence time distribution with
a spread (CoV ) of 0. A spread or CoV larger than 0 indicates
the presence of axial dispersion.30

Modelling of RTD data

Experimental data are modelled using the two classical flow
models, the axial dispersed flow and the pure convective flow
model. Ideal plug flow is characterized by perfect mixing in
the radial direction and no mixing in the axial direction, which
is the direction of flow. The dispersion model is based on the
dispersion number D,/ul, which is a measure for back
mixing.7 The normalized E-curve, Eg, of the dispersion model
has the following equation for small extents of dispersion
(Dax/ul < 0.01):

Eez

1 (1-8)2
——exp| — o~ ©)
\ 4“(Dax/u1,) < 4(Dax/ uL))

whereby O = t/t..s and D, /uL is the dispersion number with
D.. the dispersion coefficient, u the linear velocity and L the
length of the reactor. When the flow inside the reactor is
dominated by a laminar flow resulting in a parabolic flow
profile, the convection model is used.’

Ee = 1—1eoé (%)1_90 M

Within the condition © > 0,. Whereby O, represents the
break through time or minimal residence time.

The optimal fit between the models and the experimental data
is determined with the least mean square method.

Villermaux-Dushman method

The Villermaux-Dushman method uses competing parallel
reactions, shown in equations (a) (b) and (c).22

H,BO;+H" 2 H;BO; (instantaneously) (a)
10;+5I +6H" 2 31,+3H,0 (fast) (b)
Ir+L2ly ()

Reaction (a) is a neutralization reaction of orthoboric acid and
reaction (b) is the redox reaction of iodate and iodide ions to
form elemental iodine. The acid consumed in reaction (b) in
competition with the neutralization reaction. The iodine is
converted to triiodide (c), which is detected through UV-Vis
spectrophotometry and provides an indication of the
micromixing quality. If mixing is ideal reaction (a) will
consume all protons introduced into the reactor as it is much
faster than reaction (b). If mixing is poor, local over-
concentrations of protons enable reaction (b) to take place.
The measured amount of triiodide is converted to the
segregation index which is a measure for the mixing quality.

Reagents for Villermaux Dushman method

The choice of concentration set is important to ensure triiodide
formation is solely the result of poor mixing. All reactors are
therefore characterized with the same concentration set shown
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in Table 2. Reagents were prepared fresh in demineralized
water and protected from direct sunlight to avoid deterioration.
The pH of solution 1 and 2 is measured with a pH meter (827
pH lab, Metrohm Belgium n.v., Antwerp, Belgium) and has a
value of 10.7 + 0.1 and 1.7 + 0.1, respectively. The choice of
the concentration set for solution 1 and 2 is justified by pH
measurements of samples collected at the reactor exit. The exit
pH stays in the basic range 8.8 = 0.1 during the measurements
for all experiments with different reactors at different flow
rates. This confirms that the amount of triiodide is only due to
poor mixing and no secondary reactions occur, as explained by
Guichardon et al.'®. The sulphuric acid solution is prepared
with concentrated sulphuric acid (36N, Merck, Darmstadt,
Germany). The second solution is prepared by first dissolving
ortho boric acid (Merck, Darmstadt, Germany) and sodium
hydroxide (VWR, Radnor, Pennsylvania, US) to make the
buffer solution. Then the KI (VWR, Radnor, Pennsylvania,
US) and KIO; (ucb, Leuven, Belgium), are added to obtain
final concentrations as indicated in Table 2.

Table 2: Composition of reagent solutions for the
Villermaux-Dushman reaction.

values recorded in literature (Table 3). The extinction
coefficient at 410 nm, has an average of 4066 + 138 l.mol
I
.cm’.

Table 3: Comparison of extinction coefficients of triiodide
standard curve.

Author Triiodide extinction

coefficient at 353 nm

(Lmol".cm™)

Fournier et al.? 25,900
Guichardon e al.' 23,959
Falk et al.” 26,047
Pinot ef al.®! 24,500
This work (average value n=21) 24,136

Reagent Concentration
(mol.I")
Solution 1 H,SO, 0.015
Solution 2 H;BO; 0.045
NaOH 0.045
KI 0.003
KIO; 0.016

Determination of mixing efficiency

Continuous syringe pumps (Chemtrix BV, Geleen, The
Netherlands) supplied the reagents to the reactor setup at equal
flow rates. The total flow rate is adjusted to obtain residence
times of 15, 30 and 60 s for each reactor setup. Continuous
measurements are performed with a Genysis 10 S
spectrophotometer (Thermo Scientific, Waltham,
Massachusetts, US) by connecting the reactor exit to a quarts
flow cell (Hellma Analytics, Miillheim, Germany) with an
internal volume of 80 pl. Blanks with demineralized water are
measured before each set of experiments. The Labtrix®
microreactors with maximal flow rates of 80 pl min” are
characterized discontinuously. 100 pl samples are collected
and diluted to 600 pl in ultrapure water and measured within 1
minute after taking a sample. Two wavelengths (353 and 410
nm) are used to measure the triiodide formed in the exit
stream. At 353 nm, triiodide shows an absorbance maximum.
A wavelength of 410 nm corresponds to a lower optical
density (OD), enabling measurement when the triiodide
concentration at 353 nm results in absorbance values above
the linear range. The absorbance is registered every 5 seconds
until steady state is obtained. Calibration curves were
measured discontinuously at 353 and 410 nm. Stock solutions
were prepared by dissolving resublimated iodine (ucb,
Leuven, Belgium) in an excess of KI in ultrapure water. The
extinction coefficient at 353 nm has an average value of
24,136 + 652 l.mol'l.cm'l, which corresponds well to the

The absorbance measurements are converted to the
segregation index in order to compare results. The segregation
index, as defined by Fournier et al. (1996), is the ratio of the
experimental yield of reaction (b) to the yield of this reaction
under total segregation conditions.”” In the latter case the
reactions (a) and (b) take place according to their
stoichiometry. Monnier et al. (2000) adapted the equations
from Fournier for use in continuous reactors and assumed that
the third reaction is complete under the experimental
conditions.”” The same equations are used in this study and the
amount of iodine formed is considered equal to the amount of
triiodide measured. The segregation index is calculated as
follows:

Y
Xg =— 8
S Yst ®)
With,
F —_
y=2-2 ©
HE
And

- 6(IO§)0/(HZBO§)O (10)
ST 6((103),/(HzB03),)+1

F; is the molar flux of species i (mol.s’l) and is the product of
the volumetric flow rate and the concentration of a reactant.
The concentration of triiodide is quantified using the Law of
Lambert Beer.

Qi3G5
Y =222 withC; =

+C 4
Hg "Hg

OD (at 353 or 410 nm)
el

)

The segregation index returns a maximum of 1 for a state of
total segregation, while X = 0 indicates perfect mixing.

Determination of micromixing time



The incorporation model describes the phenomena of mixing
of the two reagent streams (acid and buffered iodide/iodate) as
the introduction of an aggregate (liquid globule) containing
only acid, which is the limiting reagent, in the surrounding
buffered solution. The time it takes for the aggregate to be
fully incorporated into the surrounding medium is equal to the
micromixing time. The aggregate volume grows in function of
time as the surrounding liquid is incorporated into the
aggregate. The expansion of the aggregate volume, V,, is
described by the function V, = V4 g(t), with the incorporation
function g(t) = exp(t/t,). Whereby t,, is the incorporation time
which is considered equal to the micromixing time. The mass
balance of the acid aggregate can be written for each species i,
including H,BOs', I, IO5', I, I3 and H' of the reaction D), (2),
(3), index j refers to the reactions that generate or deplete
species i, see equations (a)-(c):

= (o~ )T E+Ry 12
Where index 0 denotes initial conditions of the surrounding
liquid, and R the reaction rate of production of species i in
reaction j. Substitution of g in equation 12 gives:

dGi _ (Cio—Ci)

o TRy 13
Writing equation 13 for each of the mentioned ions results in 6
differential equations. The further treatment for solving the
system of equations is discussed in detail by Kuang et al> and
Yang et al** which studied mixing efficiency in flow reactors.
The equations are solved for a series of chosen t,, values. The
integration stops when the acid concentration of the aggregate
approaches zero, resulting in the concentrations (I, and I3)
needed to calculate the corresponding X,. The X versus t,
curve is then used to convert the experimentally determined X
to t, values. Figure 1 shows the correlation of segregation
index and the micromixing time determined by the
incorporation model. All the experimentally measured X; are
converted to the concentration independent micromixing time,
using the linear section of the curve within the range of the
experimental conditions, marked in Figure 1 by the rectangle.
The measured X, ranges from 0.003 to 0.136 and corresponds
to micromixing times of 2. 10* and 1.107 s.
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Figure 1: Segregation index, X, in function of micromixing
time, t,. the rectangle indicates the range of Xs and t, for
experimental conditions indicated in Table 2.

RESULTS AND DISCUSSION

RTD of tubular reactors

Each reactor is characterized at 15, 30 and 60 s residence time.
The mean residence times calculated from the RTD
measurements correspond well to the residence times
calculated based on the experimentally determined reactor
volume, see Table 4.

Table 4: Expected and measured mean residence times for
tubular reactor with ID of 0.4, 0.7, 1.6, 2.4, 4.8 mm.

Tubular Expected mean residence time (s)
reactor 15 30 60
diameter

(mm) Measured mean residence time (s)
0.4 / 35 62
0.7 15 29 59
1.6 14 27 56
2.4 16 32 63
4.8 14 27 56

Eg-curves for tubular reactors, obtained at a theoretical
residence time of 60 s, are shown in Figure 2. The curve shape
is a first indication of the type of flow in the reactor. For small
tube diameters up to 1.6 mm a symmetric bell shaped curve is
obtained, which indicates that the flow approaches plug flow
and the dispersion model can be applied. As the diameter
increases (2.4 - 4.8 mm) for the same residence time, the
spread of the RTD curve increases. The strongest deformation
is seen in the 4.8 mm ID tube reactor. Fluid element exit the
reactor at half the residence time, indicating a laminar flow
profile.

1.0 . " 20
0[]

Figure 2: Eg curve for tubular reactors with internal diameters of
0.4 (0); 0.7 (O), 1.6 (), 2.4 (x) and 4.8 (A) mm at 60 s residence
time. Dispersion model:—.



For tubular reactors, the model to be used is derived from a
diagram from Ananthakrishnan et al®, later adapted by
Levenspiel et al”. This diagram, for tubular reactors, is based
on the intensity of dispersion, which is also called the
Bodenstein number and the reactor geometry (reactor length to
internal diameter ratio). To differentiate between the two
Bodenstein numbers mentioned, the intensity of dispersion is
symbolized by Bo*, and is defined as follows:

_ud,
D
where d, is the tube diameter and D is the diffusion coefficient.

The positioning of the experimental conditions in the diagram
is presented in Figure 3.

Bo*

108

Use pure
convection model

108

10 6 5
Pre
diffusion
regime D =%

104 —
1 102 104 108
Lld,

Figure 3: Placement of tubular reactors 0.4 (¢), 0.7 (o), 1.6
(A), 2.4 (V) and 4.8 (o) mm, within diagram of Levenspiel et
al. (Adapted in part with permission from Levenspiel, O.
Chemical reaction engineering. Chemical Engineering Science
19, (1999). Copyright 1999, John Wiley and Sons).

The 0.4 and 0.7 mm ID tube reactors should be modelled
using the dispersion model. The 1.6 and 2.4 mm ID tube
reactors are located in the intermediate zone for all
experimental conditions, while the 4.8 mm ID tube reactor
even has one experimental condition (15 s residence time) in
the zone of pure convection. The intermediate regime
indicates the zone of the diagram where neither the dispersion
flow nor pure convection flow model are ideal, but a hybrid
model is needed.” A good fit with the dispersion model is
obtained for the experimental data of the 0.4, 0.7 and 1.6 mm
ID tube reactors, see Figure 2. From the modelled Eq curves
the dispersion numbers, D,,/uL, and Bo, are calculated, Table
S.

Table 5: Dispersion number for tubular reactors of 0.4, 0.7
and 1.6 mm internal diameter.

Tube | Coil Reside | Dimensionless parameter
diame | radius | nce
ter (cm) time D.,/uL | Bo Bo Re
(mm) (s) (103 (Exper | (Taylor
(Experi imenta | for
mental) D uncoile
d tubes)
0.4 7 30 3.0 338 36 160
60 2.4 409 72 80
60 30 4.5 224 36 160
60 3.7 270 72 80
0.7 12 15 17 59 6 420
30 11 88 12 210
60 5.6 179 24 105
1.6 12 15 6.6 152 1 478
30 7.8 128 2 239
60 9.4 106 5 119
uncoil | 15 / / 1 478
ed
30 / / 2 239
60 / / 5 119

For all test conditions of the tubular reactors the Re << 1000,
indicating laminar flow. According to Levenspiel et al” a
dispersion number (D,,/uL) smaller than 10.10” indicates that
the flow in the reactor has only small deviations from ideal
plug flow. Conversion of this threshold of axial dispersion
number to Bo, gives Bo > 100. Table 5 also shows the
theoretical Bo, calculated based on the Taylor correlation for
the axial dispersion coefficient in uncoiled tubes.*

D = u?d?
* 192D,

According to the experimentally determined dispersion
numbers, the small tubular reactors (0.4-1.6 mm ID) approach
ideal plug flow (Bo near (0.7 mm) or larger than 100).
Comparison of the experimental Bo values and the theoretic
Bo values derived from the Taylor equation for the axial
dispersion coefficient, shows an increase of a factor of 4 to
150 in some cases. This indicates an improved state of radial
mixing in the experimental setups. A contributing factor to this
phenomenon is the fact that the tubular reactors are coiled,
which is standard practice and induces flow in the radial
direction due to centrifugal forces. This secondary flow
perpendicular to the primary axial flow, contributes to a
reduction in dispersion number and thus the spread of the
RTD.'"*" This results in improved radial mixing through the
coil shape, is given by the difference between the
experimentally determined Bodenstein values that exceed a
value of 100, compared to the Bo based on the Taylor
correlation for uncoiled tubes which are below 100.
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Characterization of the 1.6 mm ID tube reactor in a uncoiled
setup results in RTD curves representative of laminar flow for
the three residence times. For this RTD curve no fit is possible
with the dispersion model, and therefore no experimental
dispersion number or Bodenstein number can be derived
(Table 5). The Dean number is a measure for this secondary
mixing phenomenon. Values for this dimensionless number
are presented in Table 6, for the tubular reactors that are coiled
during the characterization.

Table 6: Dean numbers for coiled tube reactors of 0.4, 0.6,
1.6 and 2.4 mm internal diameter.

Tubular reactor Coil Dn

Internal diameter Elg:lnn)leter 15s 30s 60 s

(mm)

0.4 7.0 / 12 6.0
60 / 4.0 2.0

0.7 12 33 16 8.0

1.6 12 56 28 14

2.4 12 46 23 11

A Dn of 20, is considered a critical Dn, above which vortices
are generated.38 This is the case for the high flow rate (i.e. 15
seconds residence time) in the 0.7, 1.6 and 2.4 mm ID tube
reactors. However the 2.4 mm does not present ideal plug
flow, which means that even though Dn > 20, the radial
mixing induced by the curvature of the tube is not strong
enough to fully eliminate the parabolic velocity profile of the
fluid stream. The 0.4 mm ID tube reactor has Dn << 20, but
still shows nearly ideal plug flow behavior (Table 5), for a coil
diameter of 7 and 60 cm. The increase in coil diameter
resulted in an increase of the dispersion number, an indication
that the spread of the RTD increased. This indicates that there
is an effect of Dean vortices combined with the reduced
diffusion distance that results in good radial mixing.

For larger tubular reactors (2.4 and 4.8 mm) the dispersion
model is no longer valid and the Bo cannot be calculated.
The dispersion model nor the convection model result in an
optimal fit. Especially at a shorter residence time (15 s) it
becomes clear that the experimental data are a combination
of the two models, see Figure 4. This corresponds with the
expectations, based on Levenspiel’s diagram.7 The 4.8 mm
ID tubular reactor shows a larger deviation from ideal plug
flow and a stronger resemblance to the pure convection
model.

To focus on the effect of tube diameter and flow rate the
CoV of the RTD curves is plotted as a function of the mean
residence time, Figure 5. In larger diameters, the flow is no
longer dispersed plug flow, but gains convection behavior
which is indicated by an increase in CoV. In the laminar

flow the radial mixing is caused by diffusion between the
layers of fluid with different flow rates. The diffusion time
is calculated by, ty = d2/4D, where d, is the characteristic
diffusion length, i.e. channel diameter, and D is the
molecular diffusion coefficient.” In the small tube reactors
diffusion has a more significant contribution to radial
mixing, due to the reduced diffusion distance. Figure 5,
also shows that the CoV decreases with longer residence
times, i.e. slower flow rates. This means more time for
diffusion, enabling radial mixing, which reduces the
dispersion by averaging the flow rates of fluid elements
over the tube cross-section. This makes small tube reactors,
less influenced by the flow rate.

RTD of tubular reactor with static mixer

A Kenics® static mixer of 15 cm in length containing 24
mixing elements is placed in the beginning of the 4.8 mm ID
tube reactor, directly after the Y-piece, and covers 30% of the
reactor length. The RTD curves in Figure 6 show the behavior
of the flow at a residence time of 60 s. Both curves show
strong laminar flow. Similar shaped curves were obtained for
residence times of 15 and 30 s. The RTD of the tube with
static mixer shows a slight shift of the curve peak towards 1,
and there is a small reduction in the spread at residence times
of 30 and 60 s. Using CFD modelling Lueth et al.” have
demonstrated that the static mixer creates a vortex. This vortex
extended for 11.25 cm in a curved tube at flow rates of 66
mlmin" and the vortex length was not influenced by the
number of static mixer elements. In the current experiments a
maximum flow rate of 36 ml.min"' is used in a uncoiled tube
setup, which results in a shorter vortex length after the mixing
elements. Figure 7 shows how the RTD deforms as the
measurements are performed further downstream of the static
mixer (0, 1, 5 and 15 cm after the static mixer). At 0 cm after
the static mixer the flow behavior still shows large deviations
from plug flow, however the RTD curve has a more bell
shaped curve and has a lower spread (CoV = 23%), compared
to the measurement at 15 cm (CoV = 59%). The RTD
measured at 15cm after the static mixer overlaps almost
perfectly with the RTD curve measured at the reactor’s full
length. It is most likely that plug flow can be achieved when a
higher flow rate is tested, that results in a well-defined vortex,
and as long as the measurement is performed close to the static
mixer exit. In the current experiment the vortex is weak and is
extinguished within 1 cm after the static mixer (Figure 7),
converting to laminar flow in the remainder of the reactor
before the flow reaches the conductivity meter. Filling the
reactor completely or partially with static mixers as suggested
by Lueth et al.”, will lead to dispersed plug flow, i.e. an
improvement of the RTD.
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Figure 5: CoV for tubular reactors 0.4 (0), 0.7 (D), 1.6 (A), 2.4 (V) and 4.8 (0) mm, and 4.8 mm tube reactor with Kenics static mixer (x).
Experimental data points are connected to indicate trends in the results.
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Figure 6: Eg curve for the tubular reactor with a 4.8 mm diameter with a Kenics® static mixer (A) and without () at a residence time of 60
s. Convection model: - - -.



Figure 7: Eg curve for 4.8 ID tubular reactor with static mixer, measurements taken at 0 cm (*), 1 cm (0), 5 cm (0) and 15 cm (O) after the

static mixer. Convection model: - - -.

RTD of chip reactors

Figure 8 shows the Eg curves for all the chip reactors at 60 s
residence time. The RTD curves of the LTF-XXL-S-02 and
ST-01, reactors are narrower and more symmetric than the
LTF micro emulsifier and the Chemtrix Kiloflow®. The RTD
data of these first two reactors are fitted with the dispersion
model.

Eo []

5 1.0 15

ol
Figure 8: Eg curve for chip reactors LTF-XXI-ST-01(o0), LTF-
XXL-S-02 (o), Kiloflow® (0), LTF micro emulsifier (A) mm LTF
at a residence time of 60 s. Dispersion model: —.

The dispersion numbers obtained are shown in Table 7 and
have Bo > 100 for all tested residence times in the LTF XXL-
ST-01 and LTF XXL-S-02. The LTF-XXL-ST-01 has lower
dispersion numbers than the XXL-S-02. This indicates that the
LTF XXL-ST-01 gives better radial mixing. The difference
between the LTF-XXL-S-02 and LTF-XXL-ST-01 is mainly
in static mixer geometry and the distribution of the static
mixers over the channel length. The XXL-S-02, has a short
mixing structure between a preheating channel and a residence
time channel. The XXL-ST-01 has a more complex ST-type
static mixer that covers the total channel length. This results in

better radial mixing that is maintained over the total channel
length. The LTF micro emulsifier and Chemtrix Kiloflow®
show a large deviation from ideal plug flow. The flow entering
these reactors is divided over a number of small channels,
which in turn have split and recombine structures. This
increases the number of possible flow paths that the fluid
elements can follow resulting in a larger spread on the RTD.

Table 7: Dispersion numbers of the LTF XXL-ST-01 and
XXL-S-02 reactor at 15, 30 and 60 s residence time.

Residence time LTF-XXL-S-02 | LTF-XXL-ST-01
D.,/uL | Bo D.,/uL | Bo
(107) (107)

15 - - 1.0 1001

30 7.8 136 1.3 777

60 7.3 128 1.6 613

Figure 9 shows the CoV of the chip reactors. The reactors can
be ranked from low dispersion to high dispersion as follows:
LTF XXL-ST-01, LTF XXL-S-02, Kiloflow® and LTF
emulsifier. The LTF XXL-ST-01 and XXL-0-2 have a similar
CoV as the 0.4 mm ID tubular reactor, see Figure 5 and Figure
9. These LTF-reactors have a square reactor channel with a
larger cross section than a 0.4 mm ID tube reactor (4.8 mm?
versus 0.13 mm? for a 0.4 mm ID tube reactor) and a square
reactor channel, making them more susceptible to dispersion
as the corners of the square channel retain fluid."” However
thanks to the static mixer these reactor plates still have narrow
RTD curves. A larger cross-section allows for a larger
through-put, this means that scale-up from the tubular
microflow reactor to the milliflow chip reactor is possible
without compromising the RTD. The spread of the RTD of the
Kiloflow® is equal to a 2.4 mm ID tube reactor, while the
LTF micro emulsifier approaches CoV similar to a 4.8 mm ID
tube reactor.
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Figure 9: Covariance in function of the residence time for tube
reactors with reactors 0.4 (0), 2.4 (V) and 4.8 (0) mm internal
diameter and chip reactors from LTF-XXL-S-02 (A), LTF-XXL-
ST-01 (e), LTF micro emulsifier (¢) and Chemtrix Kiloflow®

(m).

Mixing performance of tubular reactors

Results of the micromixing time are shown in Figure 10 a and
b. The flow rate, which is inversely correlated to the mean
residence time, t.s (x-axis of Figure 10), influences the
micromixing quality in a positive way. By means of Figure 10
b, it is clear that an increase in Reynolds numbers, due to an
increase in linear flow rate, the micromixing time reduces.
Mixing in these tubular reactors is induced by the interaction
of the two reagent streams, in a T or Y-junction at the reactor
entrance. Depending on the flow rate and the geometry of the
inlet and the mixing channels, vortices are generated that
induce engulfment flow. Even though laminar flow is
expected because of low Reynolds numbers, 40 < Re < 400,
Figure 10 b, this engulfment of the two streams can still be
present.39 Soleymani et al.* have shown this engulfment flow
at low Reynolds numbers for T-type micromixers with square
channels, with mixing channel height ranging from 0,8 to 1.6
mm. As the flow rate increases so does the collision energy
and thus the energy dissipation rate, resulting in more
engulfment, leading to an increase in interfacial area. This
benefits diffusion, which is still the rate determining step of
micromixing, and consequently lowers the micromixing time.
The micromixing also improves with decreasing diameter at
equal Reynolds numbers, see Figure 10 b, for the tubular
reactor with internal diameters of 0.4 and 4.8 mm, tested at
Reynolds number equal to 40, 80 and 160. The decrease in
reactor diameter, reduces the length scale of the molecular
diffusion between lamellac and consequently reduces the
diffusion and thus micromixing time.

Of the tubular reactors, the 0.4 mm ID tube reactor has the
lowest micromixing time of 2.3 107 s, at a total residence
time of 35 seconds. In the large tubular reactor of 4.8 mm ID,
the micromixing time at 28 s residence time is four times
higher. By introducing a Kenics® static mixer the
micromixing time is reduced and approaches the micromixing
time of the 0.4 mm ID tube reactor, Figure 10 a and b. Note
that in Figure 10 b, the Reynolds numbers of the 4.8 mm
tubular reactor with and without static mixer are the same,

. ud . . .
based on equation Re = pT. However with a static mixer

there will be more turbulence, the actual Reynolds numbers
are expected to be higher. The static mixer is able to increase
the interfacial area between alternating fluid lamellaec of
different reagent concentrations, which reduces the diffusion
distance and increases radial mixing.3

To study the effect of reactor length the 0.4 mm ID tube
reactor is reduced from 12 to 1 m and characterized under the
same flow conditions. Residence times of 30 and 60 s in the
12 m reactor correspond to residence times of 5.0 and 9.9 s in
the 1 m tube reactor. There is no significant difference in the
segregation indices obtained and the corresponding
micromixing time is in the order of 107 s. The remaining 11
meters have no major contribution to the mixing quality This
result is similar to tests performed by Panic et al."’, who
investigated the influence of additional residence time
between a micromixer and the spectrophotometer. This means
that, in the case of reactions that become kinetically controlled
due to short micromixing times, the reactor volume can be
greatly reduced according to the necessary reaction time.
Threshold values for the micromixing time, to obtain
kinetically controlled conditions for a certain reaction, are
given through the mixing Damkohler in a later section. These
results also highlight the fundamentals of the Villermaux-
Dushman protocol. It is based on fast chemical reactions it is
only suited for the characterization of initial mixing at the
reactor entrance. Mixing effects further along in the reactor,
which are very important for heterogeneous reactions, are not
measurable with this method.

Mixing performance of chip reactors

Figure 11 shows that the Labtrix® reactors have very similar
micromixing times regardless of the flow rate (or residence
time). The Kiloflow® also has micromixing times below 10°.
Both reactors have the same SOR (staggered oriented ridge)
mixing structure to mix the reactants in the beginning of the
reactor chip. Chemtrix presented similar results, based on
another characterization method, the fourth Bourne reaction.
This makes scaling from the microflow to the milliflow setup
possible without the need for re-optimization of process
parameters.41

The LTF XXL-S-02 and the LTF XXL-ST-01 chip reactors
have similar micromixing times, see Figure 12, and have
micromixing times comparable to the Chemtrix Kiloflow® at
high flow rates. As previously mentioned the Villermaux-
Dushman protocol characterizes initial mixing. In the XXL-S-
01, the reagents interact in a T-piece and pass subsequently
directly over the static mixer. In the XXL-ST-01 the two
reagent streams enter the reactor next to each other in the same
channel and continue directly into the static mixer.

Reactor characterization as a basis for reactor selection

Bourne assessed the mixing sensitivity of reactions through
the mixing Damkohler number, DaM.“’42 This number is
calculated as follows:

Da, = = 14
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Whereby t,, is the micromixing time and t, the reaction time.,
Three regions of mixing sensitivity are defined:

Day; < 0.001
Day, > 1000

the reaction becomes kinetically controlled.

the reaction is limited by mixing, the
reaction rate is much larger than the mixing
rate.

0.001 < Day < 1000 both micromixing and reaction

kinetics are important.

A Day below 0.001 is then used to define maximum mixing
time limits that are beneficial for type A and B reactions. Type
A reactions are extremely fast reactions, with reaction times
ranging from 107 (acid-base reaction) to 1 second. This
corresponds to required mixing times of maximum 10"* and
107 s respectively. Type B reactions range from 1 s to 10 min
reaction time, and would require maximum mixing times
between 107 s and 0.6 s.

For type A reactions in the upper range of reaction times, the
chip reactors with small internal dimensions and static mixers
(Chemtrix and LTF) are suitable. These reactors show
micromixing times in the range of 0.2 x10® - 0.7 x107 s
(Figure 12). The shortest micromixing times so far reported in
literature are 10° s in a impinging stream-rotating packed bed
reactor” and 0-10" s in packed microchannels*. The plate
reactors are also suited for type B reactions, but small tubular
reactors (ID < 1.6 mm) equipped with a simple T- or Y-piece,
can serve as cheaper alternatives, reaching micromixing times
less than 5 x107 s. The lack of mixing structures causes these
tube reactors to be more sensitive to flow rate compared to
chip reactors. A tubular reactor needs a certain minimal flow
rate to achieve good mixing, i.e. short micromixing times.
When building a tubular reactor, this minimal flow rate needs
to be taken into account to determine the reactor length to
obtain a desired residence time. By introducing a static mixer
into a tube reactor, the micromixing time is reduced
substantially (by a factor of four) in comparison to the empty
tube, shown in this study with a Kenics® static mixer, making
a 4.8 mm ID tubular reactor with static mixer suitable for a
larger range of type B reactions. This is very important for

scale up. High flow rates in a small tubular reactor results in
an unpractical reactor length, to maintain a certain residence
time, and consequently result in a large pressure drop. By
increasing the reactor diameter and using a static mixer, the
throughput can be increased and mixing performance can be
maintained in a shorter reactor. However it is important to also
consider heat transfer properties, which are influenced by the
wall thickness and the reactor diameter.

Fast reactions which yield a single product that is stable in
time are less influenced by the residence time distribution,
because the product is formed right at the beginning of the
reactor. In case of fast consecutive reactions, described in
general terms by:

{A +B >R

R+ B ->S§

the mixing time of the reactor needs to be lower than the
reaction time (95% conversion) of the first reaction, if R is the
desired product.45 Furthermore, the residence time of R inside
the reactor will determine the amount of by-product S that is
formed. The desired residence time corresponds to the
moment when the concentration of product R is at a
maximum, while the concentration of product S is still at an
acceptable low level. The RTD of the reactor has to be as
narrow as possible, to ensure each fluid element has the same
residence time. The LTF-XXL-S-02 and —ST-01 and the small
tubular reactors (ID = 0.4, 0.7 or 1.6 mm) fulfil these
requirements. They have short micromixing times and display
nearly ideal plug flow behavior (D,/uL < 10.10'3). These
reactors are suited for type B reactions, which are slower and
kinetically controlled in fast mixing reactors.” The reaction
now takes place further along the reactor, past the initial
mixing zone. As the residence time becomes a more important
parameter so does the RTD. In this case making a choice
between a chip reactor and a small tubular reactor, which also
display a narrow RTD, comes down to other selection criteria,
for instance heat transfer or solid-handling.
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Figure 10: Micromixing time of tube reactors with 0.4 (¢), 0.7 (D), 1.6 (A), 2.4 (V) and 4.8 (o) mm, and 4.8 mm tube reactor with Kenics®

static mixer (X) (n = 2).
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CONCLUSION

This paper presents new data on the characterization of
commercial micro- and milli-flow reactors, including
Chemtrix Kiloflow® and labtrix® setups and LTF chips XXL-
S-02 and -ST-01. These complex reactors are compared to a
wide range of classical tubular reactors, ranging from 0.4 to
4.8 mm ID. Mixing performance is measured on two different
levels. Macromixing is characterized through RTD, which is
measured through a step-down experiment of tracer, and
micromixing time is determined with the Villermaux-
Dushman protocol and the incorporation model. These
characterization techniques are easily performed, require basic
reagents and are applicable to a large range of reactors. They
also facilitate reactor selection, based on the requirements of
the reaction type. Fast reactions, (half-life’s < 1s), denoted by
Roberge et al’ as type A reactions, benefit from fast initial
mixing. For these reactions, the chip reactors (Kiloflow®,
Labtrix®, LTF-XXL-ST-01, -XXL-02) are preferable because
of their short micromixing times in the order of 107 s. In
tubular reactors the mixing quality is dependent on flow rate,
internal diameter and the use of static mixers. Higher flow
rates result in more turbulence and consequently shorter
micromixing times. Tube reactors need a certain minimum
flow rate to obtain good mixing. Small tubular reactors (0.4 —
1.6 mm) show better micromixing. By introducing a static
mixer (shown for a 4.8 mm ID tube reactor equipped with
Kenics® mixer) the micromixing is improved substantially.
Type B reactions with reaction times up to 10 min are less
sensitive to micromixing and are more influenced by the
residence time distribution. Within the tested Reynolds
number regime (40-400) small coiled tubular reactors of 0.4,
0.7 and 1.6 mm ID, are modelled with the dispersion model,
showing nearly ideal plug flow with dispersion numbers below
10.10° (Bo > 100). The dispersion increases as the diameter
increases, whereby a tubular reactor with an ID of 4.8 mm
presents almost pure laminar flow in a Reynolds number range
of 40-160. Introduction of a Kenics® static mixer shows a
reduction in the spread of the RTD, but only in the vicinity of
the static mixer, where a vortex is generated. Chip reactors
from LTF-XXL-S-02 and LTF-XXL-ST-01, which have a
single channel with static mixers also displayed nearly ideal
plug flow behavior (D,/uL < 10.10'3). The LTF micro
emulsifier and Chemtrix Kiloflow®, which divide the entering
streams into a network of channels, display more dispersion,
and are therefore less suited for the RTD sensitive type B
reactions.
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ABBREVIATIONS
C; concentration of species i, mol It
D diffusion coefficient, m? s’

1

Dy axial dispersion coefficient, m? s’
d, tube diameter, m

E exit age distribution function, s™'
Eg normalized exit age distribution function
F; molar flux of species i, mol st
ID internal diameter

L reactor length, m

Q flow rate, m? s-1

T time, s

tq diffusion time, s

tm micromixing time, s

tres mean residence time, s

t; reaction time, s

u linear flow rate, m.s™

X segregation index

Y selectivity of iodide

Ysr selectivity of iodide in case of total segregation
Ap pressure drop, Pa

Greek Letters

n dynamic viscosity, Pa s

€ energy dissipation rate, W kg™

0 normalized time (= ti)

09 break through time, s

A absorption wavelength, nm

v kinematic viscosity, m? kg™

p fluid density, kg m™

c standard deviation, s

Dimensionless groups

Bo Bodenstein number (= i)
Dax
Bo* Bodenstein number (intensity of dispersion) from
. 7 ud;
Levenspiel et al. (= T)
Day Mixing Damkdohler number (= tt—"‘)
d\1/2 "

Dn Dean number <= Re (Et{) )

Re Reynolds number (= piud)

Sc Schmidt number (= %)

Acronyms

CoV covariance

ID internal diameter

oD optical density

RTD residence time distribution
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